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The superstructure optimization of algae-based hydrocarbon biorefinery with sequestration of CO2 from power plant
flue gas is proposed. The major processing steps include carbon capture, algae growth, dewatering, lipid extraction and
power generation, and algal biorefinery. We propose a multiobjective mixed-integer nonlinear programming (MINLP)
model that simultaneously maximizes the net present value (NPV) and minimizes the global warming potential (GWP)
subject to technology selection constraints, mass balance constraints, energy balance constraints, technoeconomic analy-
sis constraints, and environmental impact constraints. The model simultaneously determines the optimal decisions that
include production capacity, size of each processing unit, mass flow rates at each stage of the process, utility consump-
tion, economic, and environmental performances. We propose a two-stage heuristic solution algorithm to solve the non-
convex MINLP model. Finally, the bicriteria optimization problem is solved with e-constraint method, and the resulting
Pareto-optimal curve reveals the trade-off between the economic and environmental criteria. The results show that for
maximum NPV, the optimal process design uses direct flue gas, a tubular photobioreactor for algae growth, a filtration
dewatering unit, and a hydroprocessing pathway leading to 47.1 MM gallons of green diesel production per year at
$6.33/gal corresponding to GWP of 108.7 kg CO2-eq per gallon. VC 2013 American Institute of Chemical Engineers
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Introduction

In recent years, biomass-derived fuels have received
increasing attention as a solution to the nation’s continued
and growing dependence on imported petroleum-based fuels,
which exposes the country to the risk of critical disruptions
in fuel supply and concern of climate changes. With this
respect, the Energy Independence and Security Act of 2007
(EISA) established a mandatory Renewable Fuel Standard
(RFS) requiring transportation fuel sold in the U.S. to con-
tain a minimum of 36 billion gallons of renewable fuels,
including advanced and cellulosic biofuels and biomass-
based diesel, by 2022. Algal biofuels offer great promise to
meet the RFS mandate established within EISA. Potential oil
yields from certain algae strains are projected to be at least
60 times higher than that from soybeans, approximately 15
times more productive than jatropha, and approximately five
times of that of oil palm per acre of land on an annual ba-
sis.1 Some of the aspects of algal biofuel production that
have combined to capture the interest of researchers and
entrepreneurs around the world include:

� High productivity of biomass yields per acre of
cultivation.
� Use of otherwise nonproductive, nonarable land, and

avoids nutrients used for conventional agriculture.
� Nonfood-based feedstock resources.
� Reduced competition for limited freshwater supplies by

utilizing waste water, produced water, and saline water.
� Potential recycling of carbon from CO2-rich flue gas

emissions from stationary sources, including power plants
and other industrial emitters.

Currently, the term carbon capture and sequestration
(CCS) is about the geological storage of CO2 and in the oil
and gas industry the injection of CO2 into reservoirs is
mainly for increasing the yield of fossil hydrocarbon
reserves, instead of long-term storage. The biggest difficul-
ties with these approaches are the added cost and power con-
sumption of separation of the CO2 from both the emission
streams and transportation. Algae can also use flue gas or
other large sources of carbon dioxide in their growth and the
final product is compatible with existing infrastructure for oil
and fuel distribution.1 In this work, we consider algal
systems for biological capture of CO2 to generate useful
biomass feedstock for the production of hydrocarbon bio-
fuels. Carbon capture for biofuels reduces the consumption
of primary nonrenewable energy resources and the carbon
captured by algae is considered as a true sequestration
pathway.
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Despite their potential, the state of technology for produc-

ing algae-based biofuels is regarded by many in the field to

be in its infancy and there is a need of a considerable

amount of R&D to achieve affordable, scalable, and sustain-

able algae-based biofuel production.1 Hence, the goal of this

work is to propose a comprehensive superstructure of sus-

tainable algae-based hydrocarbon biorefinery with the

sequestration of carbon dioxide from the flue gas of a power

plant. Based on the proposed superstructure, a multiobjective

mixed-integer nonlinear programming (MINLP) model is

formulated to determine the optimal design and operation of

the superstructure under economic and environmental crite-

ria. The processing steps encompass carbon capture from

power plant flue gas, gas transportation, algae growth, har-

vesting, dewatering, drying, lipid extraction, anaerobic diges-

tion, power generation, and algal oil upgrading. A two-stage

heuristic solution algorithm is proposed to solve the resulting

nonconvex MINLP model. In the first stage, the original

problem is reformulated into mixed-integer linear program-

ming (MILP) model by introducing a piecewise linear

approximation for the nonlinear terms. The MILP model is

solved to obtain a good-quality starting point for the original

MINLP problem, which is then solved to simultaneously

maximize the net present value (NPV) and minimize the

environmental impact measured by global warming potential

(GWP) metric that follows the life cycle assessment (LCA)

procedure subject to technology selection constraints, design,

and operational constraints, which include mass and energy

balance constraints, technoeconomic analysis constraints, and

life cycle environmental impact constraints. The model

simultaneously determines the optimal decisions that include

production capacity, size of each processing unit, flow rates

of species and streams at each stage of the process, heat,

electricity, and natural gas consumption, economic perform-

ance, and environmental impacts. The economic objective

function takes into account the processing limits, demand of

products, selling prices of the main diesel product, and side

products such as glycerol and propane. On the other hand,

the environmental objective measured by the GWP metric

follows the LCA procedures, and considers the cradle-to-gate

environmental impact analysis of the algal biorefinery. The

solution of the proposed bicriteria MINLP problem produces

a Pareto-optimal curve that reveals the trade-off between the

environmental concern and economic performance.
Although the optimal design and synthesis of algae-based

biorefinery, which integrates superstructure optimization
model with technoeconomic analysis and life cycle environ-
mental impact assessment, has not been addressed yet, the
literature most relevant to the problem addressed in this
work are reviewed below.

There are some existing research works that addressed the
optimal design and synthesis of biomass-based energy sys-
tems, but they consider economic performance as the only
objective function and none of them integrates LCA into the
process optimization framework. Chen et al.2 addressed the
optimal design and operation of flexible polygeneration sys-
tems using coal and biomass to produce power, liquid fuels,
and chemicals. The problem is a multiperiod optimization
problem that is nonconvex MINLP. Baliban et al.3 proposed
an MINLP model for the superstructure optimization of ther-
mochemical conversion of combination of coal, natural gas,
and biomass to liquid transportation fuels. The MINLP
model for the process synthesis includes simultaneous heat

and power integration using heat engines to recover electric-
ity from the process waste heat. Martin and Grossmann4 pro-
posed an MINLP model for the conceptual design of the
bioethanol process from switchgrass via gasification. The
proposed superstructure considers: direct or indirect gasifica-

tion, followed by steam reforming or partial oxidation. Mem-
brane separation, absorption, and pressure swing adsorption
(PSA) were considered for the removal of sour gases. Two
synthetic paths, high alcohols catalytic process and syngas
fermentation with distillation, adsorption in corn grits, mo-
lecular sieves, and pervaporation as an alternative dehydra-
tion processes were considered. The same authors,

Grossmann and Martin5 proposed a mathematical program-
ming techniques to address the optimal energy and water
consumption of biofuel process flow sheet that produce bioe-
thanol from corn and switchgrass. Liu et al.6 proposed a
MILP model for optimal design of a polygeneration system
that produce concurrently methanol and power using coal,
natural gas, and biomass as raw materials. The NPV is maxi-

mized by optimizing the combinations of the different feed-
stocks and the alternative unit operation technologies. The
authors expanded the initial optimization model of the poly-
generation systems by considering the environmental impact
as an additional objective function to be minimized.7 Wang
et al.8 proposed a multiobjective MINLP model for the
superstructure optimization of a hydrocarbon biorefinery via

gasification and Fisher–Tropsch synthesis under economic
and environmental criteria. The superstructure considers al-
ternative gasification technologies, syngas cooling, hydrogen
production technologies, and Fisher–Tropsch synthesis cata-
lysts. Gebreslassie et al.9 proposed a bicriteria nonlinear pro-
gramming model for the optimal design and operation of a
hydrocarbon biorefinery via fast pyrolysis, hydrotreating, and

hydrocracking of hybrid poplar feedstock under economic
and environmental criteria. The model is solved by simulta-
neously maximizing the NPV and minimizing the environ-
mental impacts. The later criterion is measured with GWP
metric according to the LCA procedures. Martin and Gross-
mann10 addressed the optimal production of second-genera-
tion biodiesel via transesterification of waste cooking oil and

algal oil feedstocks. They consider five different transesterifi-
cation technology alternatives. The optimization results indi-
cate that for algal oil, the optimal process employs alkali as
the catalyst and at production cost of 0.42 $/gal, and for
cooking oil, the optimal process is the one with the heteroge-
neous catalyst and at production cost of $0.66/gal. West
et al.11 perform four 8000 tonnes/year capacity biodiesel

processing technologies simulation using HYSYS to evaluate
and compare the economic performance of the technologies.
The results indicate that the heterogeneous acid catalyst pro-
cess was the most economical alternative. Based on process
simulation, Gutierrez et al.12 proposed an integrated produc-
tion of biodiesel from palm oil using in situ produced bioe-

thanol and evaluate the economic viability of the integrated
system. Severson et al.13 proposed a superstructure for the
conceptual optimal design of the production of biodiesel
using ethanol as the alcohol for the transesterification of
algal oil. Davis et al.14,15 studied baseline economics for two
microalgae pathways, by performing a comprehensive analy-
sis using a set of assumptions for what can be reasonably

achieved within a 5-year timeframe. On completing the base
case scenarios, the cost of lipid production to achieve a 10%
return was determined to be $8.52/gal for open ponds (OP)
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and $18.10/gal for photobioreactors (PBRs). Pokoo-Aikins
et al.16 addressed the design and technoeconomic analysis of
an integrated system for the production of biodiesel from
algal oil via the sequestration of carbon dioxide from the
flue gas of a power plant. A process simulation using AS-
PEN Plus was carried out to model a two-stage alkali-cata-
lyzed transesterification pathway for the conversion of
microalgal oil of Chlorella species to biodiesel.

LCA is the standard procedure to evaluate the environ-
mental performance of a product, process, or activity.17,18

The first step in the application of LCA includes setting the
boundaries for the LCA analysis, defining the objective, the
functional unit, and the environmental metrics followed by
identification and quantification of the energy and material
used in a process. The next step is quantifying the waste
released to the environment associated with the energy and
material use. This information is further translated into a set
of environmental impacts. These impacts are finally used to
assess the algal biorefinery design alternatives that may be
implemented to achieve a reduction in environmental impact.
The large environmental footprint of algae cultivation is
driven predominantly by upstream impacts, such as the
demand for CO2 and fertilizer. However, there is lack of lit-
erature sources on rigorous optimization strategies of algal
biorefinery that consider explicitly the environmental impact
as an objective function to be minimized.

The major novelties of this work are summarized as
� The first comprehensive superstructure that considers

alternative technologies in the major stages of the synthesis
of algal hydrocarbon biorefinery.

� The first comprehensive mathematical programming
model for rigorous optimization and synthesis of algal biore-
finery for simultaneous production of hydrocarbon biofuels
and CCS.
� A life cycle optimization framework for algae-based

hydrocarbon biorefinery that integrates the technoeconomic
analysis and the environmental impact analysis through a
multiobjective optimization framework.
� The Pareto-optimal solutions reveal that the minimum

unit production cost of the biofuels ranges from $6.33 per
gallon of diesel and 5121.9 ktonCO2-eq/year GWP for the
maximum NPV design, to $77.7 per gallon of diesel and
3610.6 ktonCO2-eq/year GWP for the minimum GWP design.

The rest of this article is organized as follows. The pro-
cess description of the superstructure is presented in the next
section. The “Life Cycle Optimization” approach is intro-
duced in Section Life Cycle Optimization Framework. A for-
mal problem statement is presented in Section Problem
Statement. The detailed model formulation is presented in
Section Model Formulation. In Section Solution Algorithm,
the bicriteria optimization model is presented and the results
of the multiobjective optimization problem are discussed.
Finally, concluding remarks are presented in the Section
Conclusions.

Process Description

The carbon sequestration and algae-based hydrocarbon
biorefinery considered in this work is encapsulated by the
following five major processes highlighted in Figure 1.

Figure 1. Overview of the major processing steps for carbon capture and sequestration and algae based biofuel
production.

Figure 2. Options considered in the CO2 sequestration and algae based hydrocarbon biorefinery superstructure.

[Color figure can be viewed in the online issue, which is available at wileyonlinelibrary.com.]
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In each processing step, there are alternative technologies
(Figure 2) that the model must decide based on the economic
and environmental performance of the process flow sheet.

Carbon capture and transportation

As shown in Figure 3, the first step in the process is car-
bon capture. The flue gas that comes off from coal fired
power plant is used to nourish the algae that can be used as
a feedstock for biofuel production. However, the gas must
be collected and processed appropriately for use with algae.
The flue gas may be tinged with low concentrations of sulfur
in the form of SO3 and SO2. Coal fired power plants produce
300–5000 ppm sulfur yet algae cannot survive above a few
parts per million. Therefore, a scrubber is used to clean the
flue gas. Sulfur interferes with amine absorption if its con-
centration is above 10 ppm. Therefore, 10 ppm of sulfur is
used as a benchmark for the sulfur scrubbing.19,20 The flue
gas from the power plant can be fed to the algae growth cul-
ture directly if the sulfur and other toxins contents are low
enough. The other option is to use concentrated CO2 by puri-
fying the flue gas using amine absorption. Some carbon
dioxide pipelines are already in use but to accommodate the
large volume from the power plants, purification of the flue
gas into a more concentrated CO2 stream may be desirable.
The processed flue gas is transported from the power plant
location to algae growth reactors.

Algae growth

The central component in this process system is the algae
growth stage. In this model, four technology alternatives are
considered in detail: OP, tubular photobioreactor (TPBR),
bubble column photobioreactor (BPBR), and flat plate photo-
bioreactor (FPBR). OP and closed PBRs have been analyzed
in detail.21–25 Closed photobioreactor offers some benefits in
control and growth rates but are typically more expensive.24

Life cycle analysis and experimentation of algae growth
using tubular reactors has performed for production of spe-
cialty products at a much smaller scale than would be
required for fuel production.26 BPBRs are not as well-

established and have never been tested seriously at large-
scale, but they appear to have relatively low costs because
of the simplicity in their design.

Because of the photosynthesized microalgae suspension in
BPBRs, the sunlight irradiance from externally illuminated
transparent wall to the core of the column declines. The vol-
ume of the photobioreactor can be demarcated into a dark
interior core region and a relatively better illuminated pe-
ripheral region. Therefore, the column diameter is limited to
a diameter that ensures the supply of enough sunlight
irradiance.

OP (raceway) have historically been cheap that they are
the go-to choice for large-scale production. However, signifi-
cant drawbacks in perfecting growth in OP systems leave
this issue open to debate.27 In conditions favorable to
growth, Davis15 reported that PBRs were twice as expensive
as OP per gallon of lipid extracted: $3.99/gal for OP vs.
$6.62/gal for PBRs. In the case of the FPBR, productivities
in a 2000-L reactor were given as 12 g dry cell mass/m2/
day.28 As far as power is concerned, TPBRs are the most
energy intensive. During photosynthesis of the algae growth,
oxygen is produced which might be toxic to the algae if
present at higher concentration. In closed PBRs, the power
thresholds that are required to prevent unnecessary oxygen
buildup between degassing stations are 53 W/m3 for FPBR,
40 W/m3 for BPBRs, and 2000 W/m3 for TPBRs.23

In addition to choosing the right growth technology, algae
can only grow when there is sufficient light, so there are
design choices for what to do from dusk to dawn because
there are constant emissions from the power plant. Light
may be provided overnight for continuous growth via artifi-
cial lighting (LED). LEDs have narrow light emission spec-
tra between 20 and 30 nm, which can be matched with the
photosynthetic needs of the algae. The power consumption is
504 kWh per m3 of reactor volume,29 which will be a large
power draw if implemented on a large scale. Because LED
systems require a significant energy input, other options for
dealing with the nighttime gas emissions might be more eco-
nomically feasible.29 During the night, the gas may be stored

Figure 3. Process flow diagram of carbon capture, CO2 transportation and algae growth processing sections.

[Color figure can be viewed in the online issue, which is available at wileyonlinelibrary.com.]
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in large, pressurized tanks or underground. Underground
storage requires lots of energy and capital investment, but
the gas can be stored at a higher pressure and at much
higher volumes than conventional pressure vessels.30 Con-
ventional pressure vessels can accommodate a lower maxi-
mum pressure and lower volume but do not need as much
compression power.31 If the cost of storage is too large, the
flue gas may be vented from the power plant which would
mean that emission reduction and biofuel production would
be limited to the day time.29 There are tradeoffs in each of
these options among greenhouse gas (GHG) emissions,
power consumption, and system costs.

Algae species selection also plays a part in streamlining
the process because there are many characteristics such as
high growth rates, autoflocculation, size, environmental toler-
ances, and so forth that play a part in choosing the optimal
algae species. In the Aquatic Species Program by the US
Department of Energy, thousands of species were evaluated
and several good options were identified.32 The research
indicates that the lipid content naturally ranges from 20 to
30% and under some conditions, it can rise to 70% or
higher.33 As more research is done on algae species, it is
possible that a winner will be found that satisfies all or most
of the desirable criteria, but for now there is not a consensus
as to the best strain.

Harvesting, dewatering, and drying

After algae growth, to enhance the algal oil extraction, the
dilute microalgal suspensions that may enter at concentra-
tions of 0.02–0.06% total suspended solids (TSS) need to be
concentrated to 15–25% TSS.34 A primary harvesting step
concentrates the algae around 10-fold in a settling tank.
Dewatering is a crucial step in the downstream processing
stage because the concentration of algae needs to be
increased by close to a factor of a thousand and this can be

very energy intensive especially because microalgae can be
just a few microns.

As shown in Figure 4, three dewatering technology alter-
natives are considered: flotation thickening, filtration, and
centrifugation. Flotation thickening is inexpensive but
requires more drying than centrifugation or filtration because
it only dries the dilute algae to 10% solid concentration.35

Filtration returns a very dry product near 40% dry solids but
requires heavy maintenance. Although centrifuges also return
a relatively dry product (32%), they need a lot of power to
keep running.35 The water separated in the settling tank and
from the dewatering unit is recycled back to the algae
growth. In all cases, the algae must be dried to a final prod-
uct using an expensive thermal drying process.

Lipid extraction and power generation

The lipids from the dried algae must then be extracted
from the other algae components that include carbohydrates
and proteins. This processing subsection is mainly composed
of lipid extractor, lipid/hexane recovery, anaerobic digester,
biogas upgrading, and gas turbine. Algal oil is extracted
from the dried algae biomass stream using hexane as a sol-
vent. The algal oil, or lipids, is further refined to hydrocar-
bon biofuels and the residue is digested in an anaerobic
digester to produce a biogas mixture with 67% methane. The
biogas is further upgraded using pressurized water and then
burned to generate power that can be used in other process-
ing sections.36,37 The flue gas from the gas turbine is
recycled back to the algae growth as shown in Figure 5.

Algal oil upgrading

Algal oil must be upgraded into biodiesel or green diesel
to be used as liquid transportation fuels. We consider five al-
ternative upgrading technologies that include algal oil hydro-
processing and four different transesterification processes.

Figure 4. Process flow diagram of algae harvesting, dewatering and drying.

[Color figure can be viewed in the online issue, which is available at wileyonlinelibrary.com.]
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The transesterification reaction converts algal oil to biodie-
sel.38 Details on transesterification based on alkali-catalyzed
transesterification can be viewed in the literature.11,16 Biodie-
sel can be produced also from algal oil by transesterification
in the presence of heterogeneous catalyst and enzyme cata-
lyst.39–41 The supercritical methanol transesterification pro-
duces biodiesel from the algal oil at supercritical condition
in the absence of catalyst.11,42 Hydroprocessing of algal oil
is a relatively new technology that produces green diesel.
Green diesel has a high cetane value, a lower gravity, good

cold flow properties, and excellent storage stability. It is
completely compatible for blending with the standard mix of
petroleum-derived diesel fuels.43,44

Sodium methoxide-catalyzed transesterification. Sodium
methoxide catalyst has the high conversion rate compared to
related alkali-catalyzed transesterifications (Figure 6). The
biodiesel yield from sodium methoxide-catalyzed transesteri-
fication of algal oil is dependent on the operating tempera-
ture; methanol-to-algal oil feed ratio, and the amount of
catalyst. The algal oil enters the transesterification reactor

Figure 5. Lipid extraction, anaerobic digestion and gas turbine.

[Color figure can be viewed in the online issue, which is available at wileyonlinelibrary.com.]

Figure 6. Sodium methoxide-catalyzed transesterification.

[Color figure can be viewed in the online issue, which is available at wileyonlinelibrary.com.]
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maintained at 60�C and atmospheric pressure. With 6 metha-
nol-to-algal oil molar feed ratio, methanol is added to the re-
actor along with suitable amount of sodium methoxide
catalyst. In the presence of the catalyst, transesterification
between triglycerides and methanol takes place to form the
methyl esters and glycerol as a byproduct. The remaining
trace amount of free fatty acids (FFA) in the algal oil reacts
with sodium methoxide to form soap and methanol. The
reaction products are separated in decanter-1 to a glycerol-
rich stream and methyl ester-rich stream. The glycerol phase
goes to a temporary storage tank and the methyl ester phase
is heated to 70�C before it goes to the methyl ester-washing
column.16,45

Impurities in the methyl ester-rich stream, such as metha-
nol, soaps, and free glycerol, must be separated from the
methyl esters. This is accomplished by washing the methyl
ester phase with softened water at 70�C. Use of countercur-
rent continuous wash columns helps minimize the amount of
water needed.46 The waste stream from the washing column
is sent to the temporary storage tank, and methyl ester
stream is sent to a settling tank. The remaining aqueous
phase is separated from the methyl esters in the settling
tank. The resulting methyl ester stream is then heated to
90�C before it is finally sent to the vacuum methyl ester
dryer, under 35-mm Hg absolute pressure, to remove the
remaining traces of moisture.

Glycerol-rich, the waste and the aqueous streams are com-
bined in the temporary storage tank. The resulting stream is
heated to normal boiling point of methanol (64.5�C). Metha-
nol is stripped from the heated stream using superheated
steam in the glycerol-alcohol stripper. The saturated metha-
nol vapor and the steam are fed into a distillation column to
recover pure methanol vapor as a distillate. The methanol
vapor is condensed in a reflux condenser and is recycled
back. The hot glycerol solution from the bottom of the strip-
per is sent to a glycerol holding tank. The crude glycerol
from this holding tank is mixed with proper amounts of HCl
solution in the acidulation reactor. Catalyst sodium methox-
ide in the stream reacts with HCl to form methanol and

NaCl, and the soaps present in this stream react with HCl to
form FFA and NaCl in the acidulation reactor. Using
decanter-4, the FFA and other impurities such as the
unreacted oil are separated from the glycerol-rich product.

Supercritical, heterogeneous, and enzyme-catalyzed trans-
esterification. As shown in Figure 7, the three other meth-
ods of algal oil upgrading are modifications of the sodium
methoxide-catalyzed transesterification process. These are
supercritical methanol transesterification, heterogeneous-cata-
lyst transesterification, and enzyme-catalyzed transesterifica-
tion. The processes are quite similar to each other. So, it is
necessary just to point out the difference among them.

In the supercritical methanol transesterification, first the
algal oil is mixed with methanol, then the mixture is heated
to 200–350�C,47 and fed to the reactor. The methanol recov-
ery distillation column purifies and recycles the methanol.
The resulting mixture from the bottoms is further decanted
into glycerol and methyl ester-rich streams. The methyl
ester-rich stream is distilled into biodiesel and the unreacted
algal oil-rich stream. The glycerol is somewhat valuable in
its own right and may be sold as a side product.

The flow is the same for the other two methods, but
instead of using supercritical methanol, the reaction is aided
by the use of a catalyst. In heterogeneous-catalyzed transes-
terification, there is a recycle loop at the reactor that injects
a catalyst of K2CO3/Al2O3. This allows the same separation
steps described above. The catalyst is fed into the reactor at
a 1–3% weight fraction for methyl ester formation at reac-
tion temperature 60�C.48

In enzyme-catalyzed transesterification, the algal oil is
mixed with methanol/tert-butanol mixture at a 0.55 volume
fraction with respect to algal oil feed. The enzyme, lipase is
fed to the reactor at a 4% fraction by weight. The enzyme is
recycled and reused for 20 cycles. This high performance
gives a 97% methyl ester yield at reaction temperature
50�C.49

Hydroprocessing. Production of biofuel via hydropro-
cessing gives a product chemically distinct from the biodie-
sel produced from the transesterification of algal oil

Figure 7. Process flow diagram for biodiesel production by enzyme catalyzed methanol, heterogeneous-catalyzed
methanol, and enzyme-catalyzed transesterification.

[Color figure can be viewed in the online issue, which is available at wileyonlinelibrary.com.]
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upgrading (Figure 8). Hydroprocessing produces “green die-
sel” which can be incorporated more easily into vehicle
engines. The algal oil is first mixed with recycled green die-
sel of low quality and then fed to a hydrogenation reactor.
This reactor requires excess amount of hydrogen represent-
ing a major cost factor in the system. Hydrogen is produced
on site using steam methane reformer where steam and natu-
ral gas are reacted and the hydrogen gas produced is sepa-
rated from CO2 using PSA. The algal oil and hydrogen are
reacted in the hydrogenation reactor at reactor temperature
of 325�C and 34.5 bar pressure and yield mainly mixture of
green diesel, carbon dioxide, water, propane, and unreacted

hydrogen. The gases are separated in a soar water separator
and much of the waste water is removed. The excess hydro-
gen is separated from the gas via PSA and recycled back to
the hydrogenation reactor. Additionally, the carbon dioxide
is separated from the gas stream via PSA and recycled back
to the algae growth along with the carbon dioxide from the
steam methane reformer, which allows for about 10% extra
capacity in hydroprocessing. Some of the green diesel-rich
stream is split off and mixed with the algal oil feed, while
the rest is purified in a stripping column. The propane-rich
stream from PSA is further purified in a flash tank and the
residual water is removed.

Figure 8. Steam methane reforming and Hydroprocessing.

[Color figure can be viewed in the online issue, which is available at wileyonlinelibrary.com.]

Figure 9. Coupling of life cycle assessment and multiobjective optimization.

[Color figure can be viewed in the online issue, which is available at wileyonlinelibrary.com.]
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Life Cycle Optimization Framework

Environmental performance assessment of the algae-based
hydrocarbon biorefinery for simultaneous hydrocarbon biofuel
production and carbon sequestration is conducted following
the principles of LCA. General details on the LCA methodol-
ogy can be found in Ref.18. The main goal of LCA is to pro-
vide quantitative environmental criteria for comparison among
multiple feasible designs and operating conditions. However,
LCA framework lacks a systematic way of generating feasible
designs and operating conditions of the processing technolo-
gies. Hence to overcome such a drawback, LCA procedure is
integrated with mathematical programming tools as shown in
Figure 9 in such a way that LCA is used to assess the carbon
sequestration and algae-based hydrocarbon biorefineries from
the environmental perspective, while optimization techniques
generate in a systematic way feasible technology alternatives,
designs, and operating conditions and simultaneously identify
the best designs in terms of economic performance and envi-
ronmental impact.50–52

The calculation of the life cycle environmental impacts of
the CCS and the algae-based hydrocarbon biorefineries fol-
low the four LCA steps;18 goal and scope definition; inven-
tory analysis; impact assessment; and interpretation. These
steps are explained below in the context of this work.

Goal and scope definition

The goal of the LCA analysis is to determine the life
cycle environmental impact of the algae-based biorefinery.
The functional unit of the LCA analysis is, therefore, pro-
duction in terms of gallons of diesel. Considering the scope
of this work, a cradle-to-gate analysis is performed that
encompasses the environmental concern during the CO2

separation, gas transportation, artificial lighting, the emis-
sions associated with natural gas acquisition, electricity and
heat consumptions, and direct emissions during the operation
of the processing units from upstream to downstream. The
environmental impact is quantified through the GWP metric.
GWP is a relative scale which compares the global warming
impact of a given chemical with that of the same mass of
carbon dioxide whose GWP equals to 1 by convention.53

Inventory analysis

The inventory analysis step aims at inventory of input/out-
put data associated with the CCS and the algae-based hydro-
carbon biorefinery. The total life cycle emissions inventory
accounts for the CO2 separation, gas transportation, artificial
lighting, and the emissions associated with natural gas acqui-
sition, electricity and heat consumptions, and direct emis-
sions during the operation of the processing units from
upstream to downstream. The life cycle inventory entries per
functional unit of the CO2 purified, gas transported, artificial
light requirement, the algae culture circulated, the steam, elec-
tricity and natural gas consumed, and the unit of direct emis-
sions released should be obtained either from literature or by
performing an LCA analysis on each source of emissions. The
life cycle inventory entries can be retrieved from the standard
environmental databases that store emission data associated
with similar processes.54–56 These parameters depend on the
particular features of the emission sources (i.e., type of fuel
used for steam generation and electricity mix).

Impact assessment

In this step, the life cycle inventory of emissions is trans-
lated into the corresponding contributions to environmental
impact. GWP metric is used to quantify the environmental

Figure 10. The proposed superstructure that includes carbon capture, gas transportation, algae growth, algae har-
vesting and dewatering, lipid extraction and algae-oil processing.

[Color figure can be viewed in the online issue, which is available at wileyonlinelibrary.com.]
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concerns. It is determined as the sum of the GWP from
direct emissions, emissions related to steam and electricity
consumption during the operation of the CCS and the algae-
based hydrocarbon biorefinery. The damage factor links the
GWP with each GHG emissions of the CCS and the algae-
based hydrocarbon biorefinery. The value of the global warm-
ing damage factors of the GHG emissions are reported in the
intergovernmental panel on climate change (IPCC) publica-
tion.53 The GWP is calculated over a specific time interval
that must be stated, commonly 20, 100, and 500 years. IPCC
2007 framework that considers a time horizon of 100 years as
part of the Kyoto Protocol57 is adopted in this work.

Interpretation

In this step, the post optimization analysis of the optimal
trade-off (Pareto curve) solutions (see Figure 9) of the multi-
objective optimization problem is analyzed, and a set of con-
clusions and recommendations are formulated. The Pareto
frontier represents the set of all the optimal solutions taking
into account both economic and environmental objectives.
All solutions below this curve are suboptimal solutions that
the objective function values can be improved by using opti-
mization methods. Any solution above this curve is infeasi-
ble, and the associated process alternative is impossible to
achieve. This life cycle optimization approach provides fur-
ther insights into the CCS and the algae-based hydrocarbon
biorefinery design problem and allows a better understanding
of the inherent trade-offs between the economic and environ-
mental objectives.

Problem Statement

The superstructure of process network shown in Figure 10
demonstrates the configuration of capturing flue gas emis-
sions from a coal fired power plant as a form of sequestra-
tion in algae, algae growth and harvesting, dewatering and
drying of algae slurry, extraction of algal oil (lipid), biogas
production and power generation, and processing of algal oil
feedstock to biodiesel and green diesels. In the superstructure
of the process network, the alternative technologies consid-
ered in this work include:

1. Flue gas: the use of either direct flue gas as carbon
source of the algae growth or purified CO2.

2. Algae growth: in this section, four different algae
growth technologies are considered, namely, OP, TPBR,
FPBR, and BPBR. Each type of photobioreactor technology
has different productivity, power consumption, and algal
slurry concentration.

3. Dewatering: the dewatering technology alternatives
include flotation, filtration, and centrifuging. The main dif-
ferences among the dewatering technologies are algae recov-
ery percentage, concentration of algae, and power
consumptions.

4. Algal oil upgrading: hydroprocessing and four transes-
terification technology alternatives are considered. Namely,
sodium methoxide-catalyzed transesterification, supercritical
methanol transesterification, enzyme-catalyzed transesterifi-
cation, and heterogeneous-catalyzed transesterification. The
algal biorefineries differ in their processing mechanisms, the
type of catalyst, heat and power consumption, and the type
of main and coproducts.

Moreover, alternatives among the use of artificial lighting
during night time, temporary storage, and emitting the flue
gas to the environment are considered.

In this superstructure optimization problem, the given pa-

rameters are the feed flue gas species mass fraction, capacity

of the power plant, and split fraction of species in separation

process units that does not involve reaction. Furthermore, the

following parameters are independent to the process

alternatives:

� Scrubber water feed to flue gas feed ratio.
� Flue gas transportation suction and discharge pressures.
� Hours of sun light per day.
� Unit of makeup solvent per CO2 separated in monoe-

thanolamine separation process.
� Lipid, protein, and carbohydrate percentage of algae.
� Excess air feed for combustion of biogas.
� The volumetric percentage of methane in the biogas.
� Fraction of methane recovery in biogas upgrading.
� Product distribution of anaerobic digester with respect

to suspended solid feeds.
� Nutrient recovery fraction.
� Lipid extraction efficiency.
� Hexane ratio required for lipid extraction and hexane

recycle ratio from hexane lipid recovery unit.
� Fraction of hexane loss with residue.
� Air fuel ratio of gas turbine combustion.
� Volumetric ratio of pressurized water to biogas feed.
� Algal oil species mass fraction.
� Molecular weights of species.
� Unit heat and power consumption of the processing

units.
� Biogas to power conversion and generator efficiencies.
� Unit price of power, steam, natural gas, nutrient metha-

nol, hexane, methylethanolamine, sodium methoxide,
enzyme, catalyst, t-butanol, and water.
� Base case costs and mass flow rates of processing units.
� Cost scaling factor of each process unit.
� Life span of the technology in terms of years.
� Engineering supervision, construction, legal and con-

tractors fee, project contingency, maintenance, and local tax
and insurance factors are given as a percentage of the direct
cost.
� Cost index to account for the purchase equipment cost

inflation relative to current year.
� Selling price of the propane and glycerin side products.
� Life cycle inventory for each emission source category.
� Damage factor of the direct emissions that accounts for

GWP relative to CO2.
� Unit GWP contribution of power using the US electric-

ity mix.
� Unit GWP contribution of steam using natural gas as

steam generating source.
Parameters dependent on process alternatives
� Unit CO2 and water consumption depending on the

algae growth technologies.
� Unit nutrient consumption per gram of algae growth.
� Productivity of algae growth technologies.
� Algae slurry concentration for each algae growth

technology.
� Percentage of coagulants and polymer with respect to

the algae mass feed to the dewatering technologies.
� Algae recovery and weight fraction in each dewatering

technology.
� Rate of conversion and residence time of each reactant

or product distribution.
� Stoichiometric coefficients of reacting species.
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� Concentration of sodium methoxide in methanol, hydro-
chloric acid in water solution.
� Reaction rate of triglyceride and FFA.
� Methanol, t-butanol, sodium methoxide, catalyst,

enzyme, hydrogen feed ratio with respect to the algal oil feed.
� Percentage of methyl ester washing water with respect

to methyl ester feed.
� Percentage of hydrochloric acid solution with respect to

glycerin feed.
� Product distribution of hydrogenation products.
The major assumptions are listed below
� Linear relationship between feed streams and heat and

power consumptions of the process heat and electricity con-
suming units.

The goal is to obtain the optimal design of diesel process-
ing technology by simultaneously maximizing the NPV and
minimizing GWP, subject to design and operational con-
straints that include mass balances, energy balances, eco-
nomic analysis constraints, and environmental impact
assessment constraints by optimizing the following decision
variables.
� Technology selection.
� Mass flow rates of species and streams.
� The flue gas emissions vented and consumed for algae

growth.
� Heat and power consumption.
� Capital costs, operational costs, and revenue from side

products.
� Environmental impacts in terms of GWP.
� Equipment capacity.
� Annual diesel production capacity.

Model Formulation

The mathematical model is formulated as a bicriteria MINLP
problem which determines the optimal design and operation of
the algae-based biorefinery considering the economic and envi-
ronmental objectives. The economic objective is modeled as
maximizing the NPV given by Eq. 35 subject to constraints
(S1)–(S166) and Eqs. 1–34. The environmental impact objec-
tive is modeled as minimizing the GWP given by Eq. 41 sub-
ject to constraints (S1)–(S166) and (37)–(40). In the
mathematical model formulation, four major types of con-
straints are considered, namely, mass balance constraints (S1)–
(S.143), energy balance constraints (S144)–(S166), economic
analysis constraints (1)–(35), and environmental impact analy-
sis constraints (37)–(40). For the sake of limiting the length of
the article, the details of the mass and energy balance on each
unit operation and technology selection constraints are included
in the Supporting Information. The detail economic and envi-
ronmental impact-related constraints are presented below.

Economic analysis constraints

Capital cost estimation. Annualized project invest-
ment costs. The total project investment cost (apic) is
given by the sum of the total annualized equipment purchase
cost (apec), engineering cost, legal, and contractors fee, pro-
ject contingency cost, land cost, and working capital cost.
These costs are determined as a percentage of the annualized
equipment purchase cost as shown below

apic 5 apec 11KENG 1KLCF 1KPCC 1KLND 1KWCPð Þ (1)

where KENG, KLCF, KPCC, KLND, and KWCP are engineering
cost, construction cost, legal, and contractors fee, project

contingency factor, land cost, and working capital cost fac-
tors, respectively.

The total annualized equipment purchase cost is deter-
mined as the sum of the purchase cost of each unit involved
in the process plant times the capital recovery factor (CRF)
as shown below

apec 5 CRF
X
l2Leq

eicl

0
@

1
A

Leq �
scr; ab1; pip; cm; ab2; led; gst; ag; pm4; pm5; pm8;

pm9; pm15; stt; dw; le; aad; bgu; pm17; gt; dpr

� �
(2)

where eicl is the purchase cost of equipment l in year of in-
terest. CRF is determined as a function of the interest rate
(IR) and the depreciation time of the project (Tdp) as shown
in the equation below

CRF 5
IR IR 11ð ÞTdp

IR 11ð ÞTdp 21
(3)

The equipment purchase cost of unit l in the year of inter-
est is determined as a function of the purchase cost (eccl) of
the unit at the reference year (ref). We use Chemical Engi-
neering Plant Cost Index (CEPCI)58 to consider the inflation
of the purchase equipment cost from the reference year as
given by below

eicl 5 eccl
CEPCI

CEPCIref

� �
8l 2 Leq (4)

The purchase cost of each unit involved in the process
plant at the reference year (eccl) is estimated via the follow-
ing equations.

The purchase cost of each unit involved in the process
plant in $MM (eccl) is estimated via the equation below

eccl 5 ECCl
b

ml
f

ml
b

 !sf l

8l 2 Leq (5)

where ml
f is the total flow rate of the fed to equipment l, ml

b

is the total inlet flow rate to equipment l in the base case,
ECCl

b is the purchase cost of equipment l in the base case,
and sf l is the sizing factor of equipment l. The set of equip-
ment is given by

Leq � fscr ; ab 1; ab 2; led ; gst ; pm 4; pm 5; pm 8; pm 9;

pm15; dr 1; le; aad ; bgu ; pm 17; gtg (5)

Gas transportation pipe cost is given by59

ECCpip 5 PRICEpip

X
i

lidi i 2 NC (6)

where PRICEpip is the pipe capital cost in $MM per m of
pipe diameter per km of pipe length. li and di are pipe seg-
ment length and diameter in km and m, respectively.

The pumping station capital cost is determined as a func-
tion of the pumping power consumption as shown below59

ECCpp 5 7:84 prpp 1 0:46 (7)

where prpp is the pumping power consumption in MW.
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The purchase equipment cost of each algae growth tech-
nology is given by

ecc
ag
agt 5 ECC

ag
b;agt

mag
f ;agt

mag
b;agt

 !sf agt

8agt 2 op; tpbr; bpbr; fpbrf g

(8)

where mag
f;agt is the total flow rate of the fed to algae growth

technology agt, mag
b;agt is the total inlet flow rate to algae

growth technology agt in the base case, ECC
ag
b;agt is the capi-

tal cost of photobioreactor agt in the base case, and sf agt is
the sizing factor of photobioreactor agt

eccag 5
X
agt

ecc
ag
agt agt 2 op; tpbr; bpbr; fpbrf g (9)

The settling tank purchase cost is given as a function of
the volumetric flow rate35

eccstt 5 0:0785q1:1
stt (10)

where qstt is the volumetric flow rate of the algae slurry fed
to the settling tank in million gallon per day. The flow rate
is determined as follows

qstt 5 CMGAL

X
j2 wr;alf g mstt

fd;j

qwr

(11)

where CMGAL is a conversion factor from cubic meters to
gallons.

The dewatering unit purchase cost is given by the follow-
ing equations:

Equipment purchase cost of the flotation unit is modeled
as a function of the volumetric flow rate of the dilute algae
feed

eccdw
flt 5 0:0717 qdw

flt

� �1:14
(12)

where qdw
flt is the volumetric flow rate of the dilute algae fed

to the dewatering technology flt in mgd. It is determined by

qdw
dwt 5CMGAL

X
j2 wr;alf g

mstt
da;dwt;j

qwr

8dwt 2 flt; fptf g (13)

The equipment purchase cost of the filtration unit is mod-
eled as a function of the volumetric flow rate of the dilute
algae fed

eccdw
fpt 5 0:0785 qdw

fp t

� 	0:4535

(14)

The equipment purchase cost of centrifuging unit is mod-
eled as a function of the volumetric flow rate of the dilute
algae feed

eccdw
cgt 5 0:0785 q0:574

cgt (15)

where qdw
cgt is the volumetric flow rate of the dilute algae fed

to the centrifuge dewatering unit in m3/h. mstt
da;cgt;j is in kton/

day, and KGKT is a kilograms in a kilo-ton.
The volumetric flow rate of the dilute algae fed to the cen-

trifuge dewatering unit is determined as a function of the
feed mass flow rate and its density is shown below

qdw
cgt 5 KGKT

X
j2 wr;alf g mstt

da;cgt;j

HD � qwr

(16)

The equipment purchase cost of the dewatering technology
is given by the purchase cost of the unit selected as shown
below

eccdw 5
X
dwt

eccdw
dwt dwt 2 flt; fpt; cgtf g

The purchase equipment cost of the algal biorefinery reac-
tor is given as a function of the volume of the reactor as
shown below

eccl
bdpt 5 0:015 vrl

bdpt

� 	0:55

8l 2 rx1; rx3; rx4; rx5; rx6; hrxf g;
8bdpt 2 noxtr; sctr; entr; hetr; hyprof g

(17)

where vrl
bdpt is the volume of reactor l of the biodiesel proc-

essing technology bdpt in m3 and it is determined by

vrl
bdpt5

sl
bdptq

l
bdpt

0:8
8l 2 rx1; rx3; rx4; rx5; rx6; hrxf g;

8bdpt 2 noxtr; sctr; entr; hetr; hyprof g
(18)

where sl
bdpt and ql

bdpt are the residence time in hours and feed
volumetric flow rate in m3/day, respectively. The feed volu-
metric flow rate is determined as

qbdpt 5 HD � TKG
ml

f ;bdpt

ql
f ;bdpt

8l 2 rx1; rx3; rx4; rx5; rx6; hrxf g;

8bdpt 2 noxtr; sctr; entr; hetr; hyprof g
(19)

where ml
f;bdpt is the mass flow rate of the fed to reactor l in

ton per hour and ql
f;bdpt is the density of the feed in kg/m3.

The equipment purchase costs of decanters are determined
as shown in the equation below

ecc l
bdpt 5 0:0785 ql

bdpt

� 	1:1

8l 2 dc1; dc3; dc4; dc5; dc6; dc7f g
8bdpt 2 noxtr; sctr; entr; hetr; hyprof g

(20)

where ql
bdpt is the volumetric flow rate of the fed to decanted

l in million gallon per day (mgd). It is determined as follows

ql
bdpt 5 CMGAL

ml
f;bdpt

ql
f;bdpt

8l 2 dc1; dc3; dc4; dc5; dc6; dc7f g

8bdpt 2 noxtr; sctr; entr; hetr; hyprof g
(21)

where ml
f;bdpt is the mass flow rate of the fed to decanter l in

ton per hour and ql
f;bdpt is the density of the feed in m3/kg.

The equipment purchase cost of other units of the algal
biorefinery technologies are given by

ecc l
bdpt 5 ECC l

b;bdpt

ml
f;bdpt

ml
b;bdpt

 !sf l
bdpt

8l 2 Leq ; bdpt

2 noxtr; sctr; entr; hetr; hyprof g (22)

where ml
f is the total flow rate of the fed to unit l, ml

b is the

total inlet flow rate to unit l in the base case, ECC l
b is the

purchase cost of unit l in the base case, and sf l
bdpt is

the sizing factor of unit l. The set of units is given by
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Leq � fdis 1; dr 2; st 1;wc ; gas ;

dism; disd; smr; hrx; cm1; cm2; psa; sws; stc; fg

Operating cost estimation. Total Annual Operating
Cost. The total annual operating cost (aoc) of the carbon
capture, algae growth, harvesting, dewatering and drying,
algal oil extraction, anaerobic digestion, power generation,
and algal oil upgrading is given by the sum of the fixed
O&M cost (fixc), markup monoethanolamine (MEA) solvent
cost (opcmmea), makeup nutrient cost (opcmnt), cost of
makeup water (opcmwr), makeup hexane solvent cost
(opcmhex), methanol feed cost (opcmme), utility cost steam
(qhc), natural gas (opcng), and power (prc) and catalyst and
chemicals cost (opcctch) as shown in the equation below

aoc 5 fixc 1qhc 1prc 1
X

j

opc j

j � ng; ctch;mmea;mnt;mwr;mhex;mmef g
(23)

where j represents the species consumed, fixc is the given as the
percentage (KOM) of the total investment cost as shown below

fixc 5 KOM apic (24)

The annual power and steam consumption costs are deter-
mined by the equations below

prc 5 Top PRICEpr

X
l2Leq

prl2prggt

0
@

1
A (25)

qhc 5 Top PRICE qh

X
l2Leqp

qhl (26)

where PRICEpr is the unit cost of power in $/kWh and
PRICEqh is unit cost of steam in $/kWh, prl and qhl are the
annual power and steam consumption of unit l in MW,
respectively. Top is the annual operating hours.

Annual cost of species j consumed is determined as a
function of unit price and annual consumption of the species

opcj 5 PRICEjmjTop

8j 2 ng; ctch;mmea;mnt;mwr;mhex;mmef g (27)

where PRICE jis the unit price of species j, and mj is the
mass flow rate of species j consumed.

Total annual cost estimation. The total annual cost is
given by the sum of annualized project investment cost and
annual operational cost

tac 5 apic 1 aoc (28)

Annual production rates in million gallons of diesel and
coproducts are determined as a function of the mass flow
rates of the species produced per day, operating hours per
year, and density of the species

vj 5
TKG � CMG

GMG

X
bdpt

mbdpt;j

qj

Top 8j 2 bd; glyc; gd; propf g;

bdpt 2 noxtr; sctr; entr; hetr; hyprof g
(29)

where vj is the annual production of species j in million gal-
lons. mbdpt ;j is the mass flow rate of species j produced in

ton per day. CMGAL is the unit conversion from cubic
meters to gallons and GMG is the conversion from gallons
to millions of gallons.

Net present value. Revenue. The revenue from sell-
ing diesel and the side products are given by Eq. 30

Rev 5
X

j2 gd;bd;prop;glyf g
PRICEjvj (30)

where vj is the annual production of diesel and side product
j in MM gallon, and PRICEj is the market price of the diesel
and side product j in $/gal.

Two types of government incentives, volumetric incentive
for biodiesel production through the Commodity Credit Cor-
poration (INCV) and biorefinery construction state incentive
(INCC)60 are considered. The volumetric incentive is deter-
mined via

INCV 5VI inc

X
j2 gd;bdf g

vj (31)

where VIinc is the unit price of volumetric incentive in $/gal
of diesel produced. For biorefinery construction, the govern-
ment incentive received for construction should be less than a
certain percentage (INCP) of total capital investment and
maximum allowable incentive (INCM).60 The definition of
such incentives is given by the following two constraints61–63

INCC � INCP � TPIC (32)

INCC � INCM (33)

Constraint (32) guarantees that government incentives will
be 0 if the biorefinery is not constructed.

The annual gross profit (AGP) and annual actual profits
after tax (APAT) are given by Eqs. 34 and 35, respectively

AGP 5 Rev2TAC (34)

APAT 5 12Rtaxð ÞAGP 1INCV (35)

where Rtax is the tax rate.
Net Present Value. The economic objective function is

formulated in terms of the NPV. After discounting the net
income in all years to the starting point of the project, the
NPV is obtained by Eq. 36

NPV 52Tlsapic 1INCC 1
X
t2Tls

APAT

11rð Þt
(36)

where r is the annual discount rate, Tls is the life span of the
project, and t is the order of the time period.

The economic performance objective function model is
given as follows

max x;y NPV

s:t : h x; yð Þ5 0

g x; yð Þ � 0X
j

yi;j 5 1 8i 2 sectionsf g; j 2 technology alternativesf g

x 2 <; y 2 0; 1f g
(37)

where NPV denotes the economic performances objective
function of the algae-based biorefinery. The continuous vari-
ables x represents decision variables such as flow rates, unit
capacity, heat consumption, power consumption, investment
cost, operational cost, revenue, and so forth. The binary
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variables are denoted by y, representing selection of technol-
ogy j of the algae-based biorefinery processing section i. The
equality constraints h(x,y) 5 0 represents linear and nonlinear
functions of the mass and energy balance relations and the
economic analysis-related equality functions. On the other
hand, the inequality constraints g(x,y)� 0 represent the
design specifications, such as minimum and maximum equip-
ment capacities and upper and lower limits on process
variables.

Environmental impact-related constraints

In this work, the environmental impact of the algae-based
biorefinery is modeled following the principles of LCA. The
details on the LCA steps are discussed in Section Life Cycle
Optimization Framework and the constraints related to the
environmental impact analysis are presented below.

The source of the environmental impact is categorized in
three subclasses. Environmental impact related to the direct
emissions from the processing plant (gwp demis ), emissions
related to the power (gwp pr ), and heat (gwp qh ) consump-
tions of the biorefinery during its operation.

GWP direct emissions. The life cycle direct emissions
inventory (LCI emiss

b ) associated with the algal biorefinery
accounts for the emissions from the monoethanolamine
absorptions (LCI ab1

b and LCI ab2
b ), the direct vents of the flue

gas from the power plant (LCIvent
b ), gas degassed from algae

growth (LCI
ag
b ), and anaerobic digester waste (LCI aad

b ) as
shown in the equation below

LCI emiss
b 5 LCI ab1

b 1 LCI ab2
b 1 LCI

ag
b 1 LCI aad

b (38)

The direct emissions inventory is translated to the GWP
contribution as a function of the damage factor and the in-
ventory entries as shown below

gwpdemis 5/bLCI emiss
b (39)

where the parameter /b is the damage factor that accounts
for the GWP associated with the direct emissions of GHG b.

GWP power consumption. The power consumption asso-
ciated with the operation of the CO2 sequestration and algae-
based hydrocarbon biorefinery is given by the sum of the
power consumption of the scrubber, monoethanolamine
absorptions, artificial lighting, pumping stations, algae
growth, dewatering unit, lipid extraction, anaerobic digestion,
nutrient recycle, and the algal oil upgrading. Therefore, the
GWP contribution from power consumption is determined as
shown below

gwp pr 5hpr

X
k

prk

8k 2 scr; ab1; pp; ab2; led; ag; pm; dw; lep; aad; rnt; bdf g
(40)

where the parameter hpr is the damage factor that accounts
for the GWP associated with power generation retrieved
using the electricity mix of the U.S.

GWP heat consumption. The heat consumptions associ-
ated with the operation of the algal biorefinery is given by
the sum of the heat consumption of the monoethanolamine
absorptions, pumping stations, algae drying, lipid extraction,
anaerobic digestion, and biogas upgrading and algal oil
upgrading. Therefore, the GWP contribution from heat con-
sumption is determined via the following equation

gwp qh 5 hqh

X
k

qhk 8k 2 ab1; pp; ab2; dr1; le; aad; bgu; bdf g

(41)

where the parameter hqh is the damage factor that accounts
for the GWP contribution associated with the heat consump-
tion by assuming the heat is generated using natural gas as
the primary energy source.

The total GWP contribution is given by the sum of the
GWP contributions from the direct emissions, power and
heat consumptions as shown below

gwp 5
X

k

gw pk 8k 2 emiss ; pr; qhf g (42)

The environmental performance measure objective func-
tion model is given as follows

min x;y GWP

s:t : h x; yð Þ5 0

g x; yð Þ � 0X
j

yi;j 5 1 8i 2 sectionsf g; j 2 technology alternativesf g

x 2 <; y 2 0; 1f g
(43)

where GWP denotes the environmental performances objective
function of the biorefinery. The continuous variables x repre-
sents decision variables such as flow rates, unit capacity, heat
and power consumptions, life cycle emissions inventory, direct
emissions, indirect emissions, and so forth. The binary variables
are denoted by y representing selection of technology j in algae-
based biorefinery processing section i. The equality constraints
h(x,y) 5 0 denotes linear and nonlinear equality functions that
represent the mass and energy balances, and LCA calculations.
The inequality constraints g(x,y)� 0 represents the design spec-
ifications, such as minimum and maximum equipment capaci-
ties and upper and lower limits on process variables.

Solution Algorithm

The combined use of LCA and multiobjective optimiza-
tion is a suitable framework for identifying opportunities for
economic and environmental improvements in a rigorous and
systematic manner.17,50 In this regard, the multiobjective
optimization problem is formulated by combining the eco-
nomic performance and the environmental impact objective
functions given by Eqs. 36 and 42, respectively, subject to
constraints (S1)–(S166), Eqs. 1–35, and Eqs. 38–41. The
resulting model is an MINLP Eq. 44 with the integer vari-
able constraints to ensure the selection of one type of CO2

gas feed by Eq. S5, algae growth technology by Eq. S22,
dewatering technology by Eq. S37, and algal oil upgrading
processing technology by Eq. S74. The nonlinear terms
arises from Eqs. 5, 8, 10, 12, 14, 15, 17, 20, and 22

ðM1Þ max
x;y

NPV

min
x;y

GWP

s:t : h x; yð Þ5 0

g x; yð Þ � 0X
j

yi;j 5 1 8i 2 sectionsf g; j 2 technology alternativesf g

x 2 <; y 2 0; 1f g
(44)
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M1 is an MINLP problem with nonlinear and nonconvex
constraints. Solving such large-scale problem using commer-
cially available global optimizer BARON64 can be expen-
sive. Another alternative to solve the MINLP problem is to
use the local solvers that rely on the convexity assumptions
which are highly dependent on the starting point. Therefore,
to obtain a good-quality feasible initial point, we propose a
two-stage heuristic solution algorithm to solve the resulting
nonconvex MINLP model.65 In the first stage, the original
MINLP model (M1) is reformulated into an MILP problem
by introducing a piecewise linear approximation for each
nonlinear and nonconvex terms.66 The MILP model is then
solved to obtain a good-quality feasible solution that used as
a starting point for solving the MINLP model using local
solvers.

Piecewise linear approximation

The equipment purchase cost-related functions are non-
linear and nonconvex functions. To linearize the equipment
purchase cost-related nonlinear functions given in Eqs. 5, 8,
10, 12, 14, 15, 17, 20, and 22, we adopt a piecewise linear
approximation66,67 considering 100 intervals per nonlinear
term. Let P � 1; 2; 3; ::::pf g denotes the set of intervals in
the piecewise linear function of ec mrlð Þ, the lower and
upper bounds of the mass flow rate ratio (mrl) between the
base case (mb;l) and the actual design (ml) of equipment l
for each interval are given by Ul;0;Ul;1;Ul;2; :::;Ul;p ,
respectively

ec mrlð Þ5
X
p2P

al:pwl;p1bl;pyl;p

� �
8l 2 leq (45)

X
p2P

yl;p 5 1 8l 2 leq (46)

mrl 5
X
p2P

wl;p 8l 2 leq (47)

Ul;p21yl;p � wl;p � Ul;pyl;p 8l 2 leq; p 2 P (48)

yl;p 2 0; 1f g; wj;p � 0 8l 2 leq; p 2 P (49)

al;p5
Ul;p

� �sfl
2 Ul;p21

� �sfl

Ul;p2Ul;p21

; bl;p5 Ul;p

� �sfl
2al;pUl;p; 8l 2 leq; p 2 P

(50)

where ec mrlð Þ is the approximated equipment purchase cost
and mrl is the mass flow rate ratio between the base case
(mb;l) and the actual design (ml) of equipment l.

Therefore, the original MINLP (M1) is transformed to an
MILP (M2) model through piecewise linearization approxi-
mations as shown in Eq. 51

ðM2Þ max
x;y

NPV

min
x;y

GWP

s:t : h x; yð Þ5 0

g x; yð Þ � 0X
j

yi;j 5 1 8i 2 sectionsf g; j 2 technology alternativesf g

x 2 <; y 2 0; 1f g
(51)

Where the equality constraints h(x,y) 5 0 denotes linear
equality functions that represent the mass and energy balan-
ces, the economic analysis-related equality functions, and
LCA calculations.

Heuristic algorithm
Step 1: Solve the MILP model (M2).
Step 2: Solve the MINLP model (M1) using MINLP solv-

ers that relay on convexity assumptions using the optimal
values of continues and discrete variables from Step 1 as the
initial values.

NOTE If we solve problem (M2) with the proposed two-
stage algorithm by using an MINLP local solvers such as
DICOPT and Simple Branch and Bound (SBB), the optimal so-
lution may not be globally optimal. However, the optimal solu-
tion still has all the binary variables at integer value. Besides,
the solution obtained from the heuristic algorithm for problem
(M2) is also a feasible solution of problem (M1).

e-Constraint method

The solution to the bicriteria optimization problem is
given by a set of Pareto optimal points. In this work, to
obtain the Pareto curve, e-constraint method68 is imple-
mented. The e-constraint method formulates an auxiliary sca-
lar optimization problem by transforming one of the
objective functions into additional constraints. To generate
the Pareto curve, first the problem is solved for each scalar
objective function so as to obtain the lower and upper limits
of the search interval within which all e values fall. Specifi-
cally, the lower bound of GWP is obtained by minimizing
Eq. 42 subject to constraints (S1)—(S166), and Eqs. 38–41.
We solve an optimization problem with constraints (S1)–
(S166), and (1)–(35), to obtain the upper bound with the fol-
lowing objective function

max : NPV 2v � GWP (52)

where v is a very small value, for example, 0.0001. The next
step is partitioning the interval into equal subintervals.
Finally, each limit of the subintervals is introduced as an
upper bound for the individual iteration to generate the opti-
mal trade-off designs, with the objective of maximizing Eq.
36 and adding the following constraint

GWP � e (53)

Finally, the optimal trade-off designs of the proposed
bicriteria MILP model is obtained along with the optimal
solutions for different values of GWP.

Results and Discussions

The parameter values for the algae strain that include the
algae (Haematococcus pluviaslis) productivity, H. pluviaslis
composition (lipids:proteins:carbohydrates) and algae recov-
ery and concentration, reaction rates, residence time, unit
cost of raw materials, utilities, base case cost and capacity,
and other parameters can be viewed in the Supporting Infor-
mation. To simplify the discussion, we assumed the diesel
prices $10/gal for biodiesel and $10.5/gal for green diesel,
which are higher than the current unit prices, so as to result
a positive NPV. To capture the dependency of the model
results on the diesel prices, sensitivity analysis is performed,
and the Pareto solutions of the sensitivity analysis are pre-
sented in Section Sensitivity analysis.

The multiobjective MNILP problem is modeled in GAMS
23.9.69 All the computational studies are performed on a
Dell Optiplex790 Desktop with Intel

VR

CoreTM i5–2400, 3.10-
GHz CPU, and 8-GB RAM. The MILP (M2) model is
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solved using CPLEX 12.4.1 and the resulting MILP optimi-
zation problem includes 13,199 constraints, and 7347 contin-
uous and 5614 discrete variables in which 14 of them
represent the technology selection and the remained came
from the piecewise linear approximation. The MINLP model
is solved with DICOPT 23.9.1 and the resulting MINLP
optimization problem includes 1887 constraints, and 1747
continuous and 14 discrete variables.

Pareto curve

The Pareto-optimal curve of the bicriteria superstructure
optimization problem is obtained following e-constraint
method. The entire solution process takes a total of 50.5
CPU-s for all 100 Pareto points. The resulting Pareto curve
is given in Figure 11. All the optimal trade-off solutions of
the model that take into account the technology selections,
the economic, and environmental objectives lie on the Pareto
curve. Hence, the solutions below the Pareto frontier of Fig-
ure 11 are suboptimal solutions, and any solution above this
Pareto curve is infeasible.

The resulting Pareto curve shown in Figure 11 demon-
strates the trade-off between the NPV and GWP. The y axis
of the Pareto curve represents NPV and x axis represents
GWP. The GWP presented in the curve is based on the cra-
dle-to-gate LCA analysis. The GWP ranges from 5112 to
3610 ktonCO2-eq per year. Similarly, the NPV of the Pareto
solutions ranges from $624 to 250.32 MM. Four Pareto

optimal solutions are selected from the curve for analysis of
the results. Point A is the maximum NPV solution and corre-
sponds to the maximum green diesel production and GWP.
Point B represents a design that corresponds to the maximum
capacity of biodiesel production based on transesterification
of algal oil. This point is an important one that shows the
shift from hydroprocessing technology to the sodium meth-
oxide-catalyzed transesterification technology. Point C repre-
sents another important trade-off design where the
photobioreactor and dewatering technologies are shifted from
TPBR to BPBR and from filtration dewatering technology to
flotation technology, respectively. Point D is the minimum
GWP design and the GWP is mainly from of the power plant
direct emissions. As shown in Figure 11, the environmental
impact and the NPV are decreasing in the direction from
Pareto point A to D. In the same direction, the direct flue
gas vent increases which leads to the decrease in the
capacity of the algae biomass harvesting and consequently
decreases the biofuel production.

The results show that the higher the NPV, the higher total
GWP will be. This can be explained that as the diesel pro-
duction increases, the revenue increases and hence the NPV.
As the biofuel production increases, the CO2 direct emis-
sions decrease because the CO2 emissions are the main
source of carbon for the biofuel production. However, the
GWP contributions due to power and heat consumptions also
increase as the capacity of the algal biorefinery increases. As
a result, the overall GWP increases. The diesel production
amount at the selected Pareto points A, B, C, and D are
47.12 MM gal/year, 43.12 MM gal/year, 6.83 MM gal/year,
and 0.07 MM gal/year, respectively. The corresponding pro-
duction costs are $6.33, $6.34, $6.57, and $77.8 per gallon
of diesel, respectively. The high cost of the last point is due
to the fact that nearly no biodiesel is produced so little reve-
nue is generated to recoup the high fixed investment costs.

Point A: The maximum NPV case involves a large pro-
duction close to 48 million gallons per year. The optimal
process design for this maximum NPV shown in Figure 12
includes the use of direct flue gas from the power plant, the
use of artificial lighting, TPBR, filter press dewatering unit,
and algal oil upgrading via hydroprocessing. The higher pro-
ductivity using the hydroprocessing technology is made pos-
sible by the additional carbon dioxide emissions recycled
from the steam methane reformer and the CO2 from the hy-
drogenation reactor gas products of the hydroprocessing

Figure 11. Pareto curve for optimal solutions.

[Color figure can be viewed in the online issue, which

is available at wileyonlinelibrary.com.]

Figure 12. Maximum NPV optimum process design includes carbon capture, gas transportation, tubular photobior-
eactor, filter press dewatering unit, lipid extraction and hydroprocessing conversion pathways.

[Color figure can be viewed in the online issue, which is available at wileyonlinelibrary.com.]
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biorefinary. In this design, the total CO2 emissions from the
power plant are captured and sequestered; hence, there is no
direct emission contribution from the power plant flue gas.
Moreover, hydroprocessing produces green diesel which can
be used directly by existing infrastructure and automobile
engines in greater proportions than ordinary biodiesel. This
gives it an advantage in the market over the biodiesel.

Point B: As shown in Figure 13, in this design, the proc-
essing units are the same as the maximum NPV design
except the algal oil upgrading. In this design, the total CO2

emissions from the power plant are captured and seques-
tered. As the environmental impact epsilon value becomes
lower, the biodiesel production via sodium methoxide trans-
esterification of algal oil becomes more economical. This is
due to the fact that the investment cost of this technology is
much lower than that of the hydroprocessing and its opera-
tional cost is the lowest among the transesterification tech-
nology alternatives.

Point C: As shown in Figure 14, in this design, the cap on
environmental impact is decreased hence the diesel produc-
tion decreased. At the trade-off design C, the processing
units in each section are similar to those for Point B. As
shown in Figure 14, their main difference is that in the cur-
rent Pareto optimal design, the BPBR, and the flotation

dewatering units are selected. The Pareto points below this
design have the same configuration. In this design, 16.7% of
the CO2 emissions from the power plants are captured and
sequestered. Flue gas (83.3%) from the power plant is
vented and hence direct emission contribution from the
power plant flue gas is significant. Under industrial biofuel
production at this time, given our data, it seems unlikely that
the bubble column will be able to scale appropriately.

Table 1 shows the computational times and the objective
function values for the four Pareto points by solving with
the proposed two-stage algorithm and the commercial global
optimization solver BARON 11. As we can see from the ta-
ble, in terms of the objective function values, the proposed
algorithm and the global optimizer BARON gives similar
solutions except for Pareto point C. For Pareto point C, the
solution from BARON gives a better objective function
value. However, the computational time of the proposed
algorithm is reduced from the global optimizer BARON on
average by a factor of 21.5 for each Pareto point.

Economic analysis

As shown in Figure 15, the investment cost is a major
part of the total expenditure for all Pareto points, but for the
maximum NPV design that corresponds to the high biofuel

Figure 13. Pareto point B optimal process design includes carbon capture, gas transportation, tubular photobior-
eactor, filter press dewatering, lipid extraction and sodium methoxide-catalyzed transesterification con-
version pathways.

[Color figure can be viewed in the online issue, which is available at wileyonlinelibrary.com.]

Figure 14. Pareto points C & D optimal process designs include carbon capture, gas transportation, bubble col-
umn photobioreactor, flotation dewatering, lipid extraction and sodium methoxide-catalyzed transester-
ification conversion pathway.

[Color figure can be viewed in the online issue, which is available at wileyonlinelibrary.com.]
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production points A and B, the investment cost is mostly
dominated by carbon capture that includes the scrubber,
pumping station, gas transportation, and artificial lighting
cost. The high carbon capture investment cost is followed by
the investment cost of the algae growth. The investment
costs of carbon capture and algae growth at point A are
$305 and $260 million, respectively, making up 70% of the
total investment cost of the entire system. Point B has less
investment cost in algal oil upgrading. This is because of the
low investment cost of the sodium methoxide transesterifica-
tion pathway compared to the hydroprocessing pathway. At
the lower GWP points, the costs are distributed more evenly.

Figure 16 shows the annual operating cost distribution
among the processing sections of the selected Pareto points.
The largest contribution is from the operating cost of dewa-
tering (46% for point A) followed by the lipid extraction and
power generation section (37% for point A), and the algae
growth sections. High operating costs arise because of the
power and heat consumption in dewatering, high-power con-
sumption of the lipid extraction and biogas upgrading, and
the high-power consumption by the algae culture for mixing
and degassing of the accumulated gases that can hinder the
algae growth.

As shown in Figure 17, the power consumption differs
from section to section and from Pareto point to point. Dew-
atering is the main power consuming section, which con-
sumes between 50 and 70% of total power. This
consumption led to a high-operating cost of dewatering
shown in Figure 16. It includes the pumping power of algae
slurry, power consumption pumping the recycle and makeup
water, the pumping power of dilute and concentrated algae,
and power consumption by the selected dewatering technol-
ogy. Depending on the production capacity, dewatering is
followed by algae growth for high-production capacity and
lipid extraction for lower capacity. The main reason for
high-power consumption of the lipid extraction section is the
biogas upgrading. The biogas upgrading uses pressurized

water to separate the CO2 from the methane mixture of the
biogas. The productivity of the TPBR is the highest among
the algae growth PBRs. However, the unit power consump-
tion per volume of the algae growth culture of the TPBR is
the highest compared to the FPBR, BPBR, and OP. For Par-
eto points A and B, the use of the TPBR for algae growth is
due to less volume of algae growth culture requirement for
high-production capacity relative to the other PBRs. How-
ever, as the biofuel production decreases, because of the
lower unit power consumption, the BPBR is preferred to the
TPBR from the environmental impact perspective.

Environmental impact analysis

Figure 18 shows the contributions to the total GWP from
the direct emissions and the GWP from heat and power con-
sumption of the algae-based hydrocarbon biorefineries. The
sources of the direct emissions include the flue gas vent
from the power plant whenever algae growth capacity is
lowered, the unreacted CO2 emissions during the photobior-
eactor degassing, and the GHG emissions from the anaerobic
digestion. At point D, direct emissions are 99.9% of the total
GWP but at point A, they are only 55%. As we move from
the minimum GWP design to the maximum NPV design, the
biofuel production increases and hence the direct emissions
from flue gas venting decreases by 790 ktonCO2-eq per year.
However, because of the high-production rate, the heat and
power consumption of each section increase, leading to an
increase in the overall GWP contribution.

Figure 19 presents the distribution of the GWP contribu-
tions among the algae-based hydrocarbon biorefinery subsec-
tions. At higher biofuel production, such as at Pareto points
A and B, the contribution from carbon capture and transpor-
tation section becomes negligible because no flue gas is
vented. Algae growth and dewatering sections are the domi-
nant sources of emissions and environmental impact. The
direct emissions from the gas turbine and algal oil upgrading

Figure 16. Annual operating cost distribution among
the processing sections for the selected
Pareto points.

[Color figure can be viewed in the online issue, which

is available at wileyonlinelibrary.com.]

Figure 15. Investment cost distribution among the
processing sections of the superstructure.

[Color figure can be viewed in the online issue, which

is available at wileyonlinelibrary.com.]

Table 1. Solution Comparison between the Two-Stage Solution Algorithm and BARON 11 for the Four Pareto Points

GWP (ktonCO2-eq/year) NPV ($MM) CPU (s)

BARON 11 Two-Stage BARON 11 Two-Stage BARON 11 Two-Stage

A 5121.93 5121.93 623.48 623.48 5.96 0.31
B 4624.16 4624.16 540.5 540.5 6.47 0.22
C 3852.42 3852.42 218.66 253.27 11.78 0.36
D 3610.11 3611.02 260.14 259.85 27.3 4.61
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are recycled back to the algae growth to increase production.
At the current level of the technology, more passive systems
cannot fill the need for high-level production, but filter press
and TPBRs can be scaled easily.

The total project investment cost includes the total equip-
ment purchase cost, engineering, construction, legal and
contractor’s fee, project contingency, land cost, and work-
ing capital cost. The contribution of each cost for the maxi-
mum NPV design is given in Figure 20. The investment
cost is dominated by the equipment purchase cost of about
42%, but the combined fees for engineering, legal, and con-
tractors represent 24% of the total investment and working
capital, such as the machinery together with the project
contingency safety factor, represents another 29% of the
total expenditure.

Figure 21 shows the annualized total cost and its distribu-
tion between annualized investment cost and annual opera-
tional cost. As shown in the figure, an investment cost is
significant for such complex processing systems. However,
as the production increases, the relative significance of
investment costs decreases. In the figure, one can see that
the maximum production points, A and B, are dominated by
operations costs associated with production. In these cases,

investment cost is kept to roughly 33% of total annual ex-
penditure while points C and D have much higher invest-
ment cost contribution up to 80%.

Sensitivity analysis

Figure 22 shows the Pareto curves at different biofuel pri-
ces of the algae-based hydrocarbon biorefinery. The profit-
ability of algae-based biofuels is a strong function of the
price of diesel. The current diesel prices limit the design
choices for downstream processing, but the model can pre-
dict profitability under various price conditions. The trade-
offs between technologies are the same and occur at the
same points, but the relative economic potential diverges
quickly depending on the price of the biofuel and the pro-
duction capacity. Not only do the technologies get more
profitable with more expensive diesel prices, but there also
develops a wider spread between technologies making the
selection of algal oil biorefinery process alternatives more
crucial. Alternative solutions arise as the price of diesel gets
higher. If the price of diesel gets all the way to $10/gal, the
sodium methoxide-catalyzed transesterification is still eco-
nomically the viable technology option across the large por-
tion of the Pareto points.

Figure 19. The distribution of GWP contribution among
the processing subsections for the selected
Pareto points.

[Color figure can be viewed in the online issue, which

is available at wileyonlinelibrary.com.]

Figure 20. Total project investment cost distribution for
maximum NPV design (point A).

[Color figure can be viewed in the online issue, which

is available at wileyonlinelibrary.com.]

Figure 18. The distribution of GWP contributions
among the direct emissions, heat- and
power-related emissions for the selected
Pareto points.

[Color figure can be viewed in the online issue, which

is available at wileyonlinelibrary.com.]

Figure 17. Power consumption distribution among the
processing sections of the superstructure.

[Color figure can be viewed in the online issue, which

is available at wileyonlinelibrary.com.]
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The increased NPV is entirely due to the fact that GWP
rises in lockstep with production within the range of one
technology. Figure 16 shows that the lowest ends of produc-
tion remain tied to the GWP from direct emissions from the
power plant, up to 3600kton/year of carbon dioxide. The
slope of the Pareto curve changes depending on the value of
diesel. The more revenue is generated through increased pro-
ductivity, the more quickly NPV rises. The changes in tech-
nology are really just superficial because dewatering and
algae growth are the main costs in the system. Technology
advances in these areas will have the greatest effect on NPV.

Conclusions

In this article, we proposed a multiobjective MINLP model
for the optimal design and synthesis of algae-based hydrocar-
bon biorefinery that encompass carbon capture, algae growth,
harvesting, lipid extraction, anaerobic digestion, power gener-
ation, and algal oil biorefinery under economic and environ-
mental criteria. The economic objective is measured by the
NPV, and the measure of environmental impacts is GWP met-
ric. We propose a process superstructure considering multiple
technological alternatives that include the selection between
direct use of flue gas or pure CO2 technologies, among OP,
tubular, bubble column, and FPBR technologies, among float-
ation, filtration, and centrifuging dewatering technologies, and
finally the algal biorefinery technologies that include sodium
methoxide, heterogeneous, and enzyme-catalyzed transesterifi-
cation, supercritical methanol transesterification and hydropro-
cessing. Based on the superstructure, we developed a
bicriteria MINLP model and solved following a two-stage
heuristic solution algorithm for the simultaneous maximiza-
tion the NPV and minimization the GWP, subject to the mass
balance, energy balances, and economic analysis and life
cycle environmental impact constraints.

The bicriteria problem is solved with the e-constraint
method. The resulting Pareto-optimal curve reveals the
trade-off between the economic and environmental perform-
ances. The optimal solution reveals that the combination of
the direct use of flue gas, TPBR algae growth technology,
filtration dewatering technology, and hydroprocessing tech-
nology have better economic performance. However, for the
best environmental impact performance, the hydroprocessing

technology is replaced by the sodium methoxide-catalyzed
transesterification. In the maximum NPV design, the unit
production cost of the green diesel is $6.33/gal while the
corresponding NPV of $623.8 MM and GWP of 5122
ktonCO2-eq per year.

A possible future extension is expanding the superstruc-
ture to include advanced and energy efficient technologies,
such as the dewatering, algae growth PBRs, and biogas
upgrading technologies. Another future research path is com-
bining energy integration modeling and the superstructure
optimization.
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Notation

Set
Jccs = set of species involved in carbon capture and algae growth
Jdw = set of species involved in dewatering section
Jlep = set of species involved in lipid extraction, anaerobic

digestion
Jbdpt = set of species involved in algal biorefinery technology

bdpt.
agt = algae growth technologies

dwt = dewatering technologies
bdpt = algal biorefinery technologies
abs = flue gas and absorption separation modeling

Variables

AGP = annual gross profit, $MM
aoc = the total annual operating cost, $MM

APAT = annual profit after tax, $MM
apic = the total project investment cost, $MM
apec = the total annualized equipment purchase cost, $MM

D = pipe diameter, m
eccl = purchase cost of unit l, $MM
eicl = the purchase cost of equipment l at year of interest, $MM
fixc = fixed O&M cost, $MM

gwp = global warming potential, ktonCO2-eq/year
INCV = total volumetric incentive, $MM

Figure 21. Annual operation and annualized investment
cost of the selected Pareto points.

[Color figure can be viewed in the online issue, which

is available at wileyonlinelibrary.com.]

Figure 22. Pareto curves at different biodiesel price of
the algal biorefinery system.

[Color figure can be viewed in the online issue, which

is available at wileyonlinelibrary.com.]
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INCC = total investment incentive, $MM
lp = length of transportation pipe, km

ml
s;k;j = mass flow rate of species j of stream s in technology k

and equipment l
�ml

s;k = total mass flow rate of stream s of technology k and equip-
ment l

NPV = net present value, $MM
opcj = operating cost contribution from consumption of j, $MM

pd = discharge pressure, Mpa
prc = cost of power cost, $MM
ps = suction pressure, Mpa
prl = power consumption of unit l, MW
Q = volumetric flow rate, m3/h

qhc = cost of heat cost, $MM
Rev = revenue, $MM
tac = total annual cost, $MM

vR;agt = volume of algae growth technology agt
yagt = binary variable to model selection of algae growth

technology
ydwt = binary variable to model selection of dewatering

technology
ybdpt = binary variable to model selection of alga-oil processing

technology
yabs = binary variable to model selection of direct flue gas or

pure CO2

Vbg;wr = volume of water required for biogas upgrading

Parameters

AFRgt = air fuel ratio for gas turbine combustion
CEPCI = Chemical Engineering Plant Cost Index

CMGAL = conversion factor from cubic meters to gallons
CONCs

j = concentration of species j in solution, s
CRF = capital recovery factor

ECCl
b = base case purchase cost of equipment l, $MM

Eair = fraction of excess air
GMG = conversion from gallons to millions of gallons

HD = total hours per day, h
INCM = maximum allowable investment incentive, $MM
INCP = percentage of investment incentive

IR = interest rate
KGKT = conversion factor from kilograms in a kilo tone

KENG = engineering cost factor
KLCF = legal and contractors fee factor
KLND = cost factor of land
KOM = O& M cost as percentage of the total equipment purchase

cost
KPCC = project contingency factor
KWCP = working capital cost factor

Mwj = molecular weight of species j
NHD = nolight hours per day, h
PERl

s = percentage of stream s with respect to the fed to equip-
ment l

ppmfgs
j = fraction of SOx and NOx in the feed flue gas stream

PRICEj = unit price of j
PR;agt = productivity of algae growth technology agt

RATA=S = air to solid ratio fraction
RATv

bgwr = the volumetric ratio of biogas to water used for upgrading

Rl
k;j = conversion of species j in unit l of technology k

Rtax = income tax
sf = sizing factor

SH = total seconds per hour
Sl

s;j = split fraction of species j in separation unit l
SCagt;j = stoichiometric consumption of species j in algae growth

technology agt
STCi;j = stoichiometric coefficient of species j when reacting spe-

cies i
Tdp = the depreciation time of the project, years
Top = annual operating hours of the biorefinery, h/year
Tls = lifespan of the hydrocarbon biorefinery, years

UCCabs;agt = unit CO2 consumption depending on the type of gas feed
abs and algae growth technology agt.

UB = upper bound of the product stream from dewatering
UNCag

j = unit nutrient j consumption per grams of algae harvested

UWCag
agt = unit mass of water consumed in algae growth technology

agt

WFl
s;k;j = weight fraction of species j in stream s of technology k

and unit l
ahrx

j = product distribution of hydrogenation product species j

bscr
wrs = scrubber liquid to gas ratio

blea
hex;loss = fraction of hexane lose with the residue

bbg
met = fraction of methane recovery in the biogas upgrading

bnut
j = fraction of nutrient j recovery

ble
hex

= hexane ratio required for lipid extraction

blep
lip

= lipid extraction efficiency

bmea = makeup solvent in ton per ton of CO2 separated in MEA

brecy
hex

= hexane recycle ratio from the hexane lipid recovery

baad
j = ratio of anaerobic digester product j with respect to the

suspended solids feed
bmef

bdpt;j = methanol and t-butanol molar feed ratio with respect to
the triglyceride feed for technology bdpt

Ub = the damage factor that accounts for the GWP associated
with chemical species b

Subscripts/superscript

al = dry algae species
ao = algal oil/lipids
ap = aqueous phase stream
bd = biodiesel
ca = concentrated algae stream from the dewatering units

cgf = centrifuge feed stream; outlet stream from the mixer
ch = polymer additive stream that joins da and flows into the

conditioning tank
cog = coagulant stream to the mixer
da = dilute algae stream

dp1 = partially dried algae exits
ep = methyl ester-rich stream
gd = green diesel
gp = gasoline-rich stream
flf = flotation feed; outlet stream from pressure retention tank

fpf = filter Press feed, outlet stream of conditioning tank
HCl = hydrochloric acid solution
me = methanol

mer = methyl ester-rich stream
mme = makeup methanol

mx = discharge from the mixer that has not been aerated
pf = polymer stream
ret = pressurized mixed stream from the aeration unit
rp = reactor product

smo = sodium methoxide
sms = saturated methanol-rich stream
we = washed methyl ester stream
wr = water species
wv = water vapor
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